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Abstract—The effects of liquid (0.03-0.12 m/s) and cas {0.04-0.20 m/s) velocities, and particle size (0-
8.0 mm) on the volumetric mass transfer coefficients at the ¢rid zone have been determined in a 0.152 ni-

[.D. x 1.8 m high Plexiglas column.

The volumetric mass transter coofficient in the grid zote mereases with increasing gas velocily and parti-

cle size. However, the coefficient exhibits a maximun: value at an optimunm bed porosity condition.

The volumetric mass transfer coefficients in terms of the Sherwood number in three-phase fluidized beds

have been correlated with the Schmidt number and particle Reynolds number which is related (o the energy

dissipation rate in the beds based on the local isolropic turbulence theory. Also, the coefficient has been cor-

related with the experimental variables.

INTRODUCTION

Recently, three-phase fluidized bed reactors are
widely used in the field of chemical and biochemical
processes. Therefore, the mass transfer characteristics
in two- and three-phasc fluidized beds have to be stud-
ied to provide prerequisite knowledge for designing
three-phase fluidized bed reactors.

In three-phase fluidized beds, the gas-liquid mass
transfer can be affected by the presence of solid parti-
cles and it was found to be liquid-phase controlled in
many cases [1,2]. Therefore, the liquid-side mass
transfer coefficient is needed for the design of three-
phase reactors. However, most of previous studies
have been confined within low gas and liquid veloci-
ties, and the mass transfer characteristics of grid zone
of bubble columns and three-phase fluidized beds are
very limited.

Initially, the mass transfer coefficient has been
measured by Massimilar et al. [3]. It has been found
that the gas-liquid mass transfer was the major rate
determining step of the overall process io three-phase
fluidized beds. Ostergaard et al. [4,5] repurted that the
valumietric mass transfer coefficient (k,a) in the beds of
5 mm glass beads is greater than that in the beds of 1
mm glass beads since the larger particles break the
bubbles in the bed. Also, k,a decreases with col-
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umn height in bubble columns and three-phase fluid-
ized beds of 1 mm glass beads where bubble coa-
lescence takes place and k;a exhibits a maximum
value with the variation of cojumn height ir: the bed
of 6 mm glass beads. Recently, Chang et a.. [2] de-
termined the effect of ionic strength of liquid phase on
k,a and gas-liquid interfacial area, a, in three-phase
fluidized beds.

The two-zone model has been proposed by Alva-
rez-Cuenca et al. [6] for analyzing the mass transfer
coefficient in bubble columns and three-phase fluid-
ized beds, and reported that the most of mass transfer
lakes place at the grid zone near the distributor due 1o
the jet turbulence in comparison to that in the bulk
zone.

Therefore, in this study, the effects of liquid {0.03-
0.12 m/s) and gas (0.04-0.20 m/s) velocities and parti-
cle size (0.0-8.0 mm) on k;a at the grid zone have
been determined in bubble columns and three-phase
fluidized beds.

EXPERIMENTAL

Experiments were carried out in a relatively large
Plexiglas columin 0.152 m-1.D. x 1.8 m-high as shown
in Fig. 1. Solid particles were supported on a perfo-
rated plate containing 156 evenly-spaced holes of 3.0
mm diameter which served as the liquid phase distrib-
utor. The distributor was situated between the main
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Fig. 1. Experimental apparatus.
1. Main column
3. Flowmeter

2. Liquid reservoir
4. Pressure tap
5. Oxygen meter 6. Pump

7. Compressed air

column section and a 0.3 m high stainless steel distrib-
utor box into which the liquid phase was introduced
through a 25.4 mm pipe from the reservoir. The liquid
flow rate was measured with a flowmeter and regula-
ted by means of globe valves on the feed and bypass
lines.

Oil-free compressor air was fed to the column
through four evenly spaced 6.35 mm [.D. perforated
feed pipes which contained 26 holes of 1.0 mm diame-
ter drilled horizontally through the grid. The pipes
were evenly spaced across the distributor plate. This
arrangement allows the gas and liquid were introduc-
ed into the bed separately. Ten pressure taps were
mounted flush with the wall of the column at 0.1 m
height intervals.

Throughout this study, tap water was used as the
liquid phase, air as the gas phase and either 1.7, 3.0,
6.0 or 8.0 mim glass beads, cach with a density of 2500
kg/m? as the solid phase. Superficial velocities of
liquid and gas phases ranged from 0.03 to 0.12 m/s
and from 0.04 to 0.20 m/s, respectively.

The gas and liquid were introduced into the bed of
solids at the desired superficial velocities. When the
column operation was reached steady state, the pres-
sure profile up to the entire height of the column was
measured by using liquid manometers.

The expanded bed height was taken as the point
at which a change in the slope of the plot was obser-
ved [2,7]. The expanded bed height so obtained
agreed well with those of visual observations. The
liquid and gas phase holdups were determined from
the kriowledge of pressure drop, expanded bed height,
and fluid and solid properties [7].

Liquid sample was withdrawn at 110 mm from the
distributor. The sampling bottle as a gas-liquid separa-
tor consists of an upward facing orifice, an inconing
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liquid flow inlet port and an outlet nozzle. The dissolv-
ed oxygen concentration in water in the column was
measured by using a dissolved oxygen meter {Beck-
man mode] 0260). To avoid liquid film resistance for
diffusion of oxygen towards the electrode, the sampled
liquid was stirred vigorously by using a magnetic stir-
rer. To maintain a constant solubility of O, in the
liquid, the liquid temperature was maintained at 23 +_
2°C. The Na,SOj; solution was used to deaerate the
oxygen-saturated water. The oxygen dissolved waler
in the column was collected in a reservoir tank in
which 20% Na,SO, solution was added for deaeration.
The deaerated liquid sent to the main liquid tanks and
it was introduced into the main column.
Determination of volumetric mass transfer
coefficients

The volumetric mass transfer coefficients of the
grid zone are calculated by the plug flow model (8].
The material balance and the boundary conditions of
the grid zone can be given as:

dC/dy=a {C*-C) 0=y=<b (1
C=C,=Ci0) y=0 2

The dissolved oxygen concentration at the grid
zone from the above equations become:

C=C*- (C*-C,j)exp (- ay) (3)

From Eq. (3), the parameter o= (k,a)5;/U, was deler-
mined from the experimental data where the (k;a),;
represents the volumetric mass transter coefficient in
the grid zone.

RESULTS AND DISCUSSION

1. Liquid-gas system

The height of grid zone has been found 1o be var-
ied from 0.07 to 0.11 m from the grid depending on
the velocities of fluids. At the moment of bubble for-
nmation, the gas or bubble surface continuously expo-
sed to liquid phase, and as a result the gas actively cir-
culating inside the bubbles and the gas/liquid mass
transfer take place due to the interaction between the
liquid and gas jets close to the distributor [1].

The effect of gas velocity on (k;a)x; in bubble col-
umns is shown in Fig. 2. As can be seen in Fig. 2.
(k@) increases with an increase in gas velocily,
In batch bubble columns [9-11] and in a gas-liquid
cocurrent flow systems [12], the dependency of gas
velocity on the volumetric mass transfer coefficient is
found to be very similar to that observed in the present
systems. Also, the effect of liquid velocity on the volu-
metric mass transter coefficient is found to be very
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Fig. 2. Effect of gas velocity on (k;8)7¢ in bubble col-
umns.
Ui(mfs): o, 0.04, ©; 0.06, & 0.10, £ 012

small.

The obtained volumetric mass transfer coefficients
in the present gas-liquid cocurrent flow system have
been correlated as:

d,at7o=0. 155U g2 U™ (4

with a multiple correlation coefficient of 0.85 with the
standard deviation of 0.197. This correlation covers
the range of variables 0.04<U,<0.20 m/s and 0.04<
U,=0.12 m/s.

The bubble diameter in cocurrent gas and liquid
flow systems has been represented by Jin et al. [13] as:

d,=0. 836U U (5)

If the bubble size in the grid zone is assumed to have a
spherical shape with an uniform size, the following
relation can be applied.

d,=6€,/a (6)
Combining Egs. (4), (5) and (6) with the eddy cell
model [14], the mass transfer coefficient in terms of

the Sherwood number in the grid zone can be corre-
lated as:

Sh,=12. 17Sc***Reg™ (7
with a correlation coefficient of 0.94 with the standard
deviation of 0.18. Those exponents in Eq. (7) are well
accord to the eddy cell model (5c'Re'™).

2. Three-phase fluidized beds

The effect of gas velocity on the volumetric mass
transfer coefficient of the grid zone (k,a);; in three-
phase fluidized beds is shown in Fig. 3. As can be seen

o
o~
A
- o o :"
- - AT L
unr-e > - -
= r. s o
= N v
-~ -l
-~
'r ~ .//c
o
A
A ="
:Fv ~ -
A ‘-/r: ’/_/’C
- A
| A s P -0
- e . //‘-:
3 -
g~
e
i o
Qo
] 4 I8

Fig. 3. Effect of gas velocity on (k;a);¢ in three-
phase fluidized beds.
d,=6.0 mm: U; {mls): ¢:0.07, &;0.08, <7; 0.12,
d,=8.0 mm: U, (m/s): G; 0.08, &;0.09, <7:0.10,
0, 0.12

in Fig. 3, (k;a)y; increases with increasing gas ve-
locity [2,15].

The energy dissipation rate of the liquid phase bas-
ed on the local isotropic turbulence theory [2,16-1¥]
can be calculated from the knowledge of individual
phase holdups, fluid properties and its velocities as

p o= LU Uy eapst @pit €ops) ~Uipilg o
? €0, €sps

Since the mass transfer coefficient, k;, 1s mainly
governed by the small-scale eddies in the turbuleiy
ficld {14,191, the coefficient increases due to the -
crease of energy dissipation rate with an mncrease i
vas velucily (Eq. 8). Consequently, the increased vol-
umetric mass transfer coefficient may come from the
increase of the gas-liquid interfacial area and the niass
transfer coefficient with an increase in gas velocily.

The effect of liquid velocity on the volumetric mass

Korean J. Ch. E. (Vol. 7, No. 1)
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Fig. 4. Effect of liquid velocity on (k;a)r¢ in three-
phase fluidized beds.
Ug(mis): 0;0.04, a; 0.08, v:0.12,3;0.16. &
0.20

transfer coefficient in three-phase fluidized beds of 1.7,
3.0, 6.0, 8.0 mm glass beads can be seen in Fig. 4. As
can be seen, the volumelric mass transfer coefficient
increases with an increase in liquid velocity in three-
phase fluidized beds. In three-phase fluidized beds, the
volumetric mass transfer coefficient increases due to
the increases of gas-liquid interfacial area and of the
energy dissipation rate (Eq. 8) with an increase in
liquid velocity, since the bubble size decreases with an
increase in liquid velocity [13,20].

The effect of particle size on the volumetric mass
transfer coefficient can be seen in Fig. 5. As one can
see in Fig. 5, the volumetric mass transfer coefficien!
increases with an increase in particle size.

Two distinct types of three-phase fluidized beds
namely bubble-coalescing and bubble-disintegrating
heds, have been known to exist [7]. It has been found
in previous studies [7,13,20] that the bubble sizes in
bubble coalescing beds (d,, = 1.0, 1.7, 2.3 mim) are lar-
ger than those in the bubble disintegrating beds (d,, -
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Fig. 5. Effect of particle size on (k;a)y; in three-
phase fluidized beds.
Ug (m/s): £:0.04, 0:0.08, »; 0.12, 0: 0.16, O
0.20
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Fig. 6. Effect of bed porosity on (k;a)7¢ in three-
phase fluidized beds.
dmm): &5 1.7, G; 3.0, v; 6.0,01; 80

3.0, 6.0, 8.0 mm) and the gas phase holdups in bubble
disintegrating beds (d, = 3.0, 6.0, 8.0 mm) and the gas
phase holdups in bubble coalescing beds are smaller
than those in the bubble disintegrating beds. There-
fore, (k;a);; Increases with an increase in particle
size since the gas-liquid interfacial area increases with
increasing gas phase holdup and with decreasing bub-
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Fig. 7. Relationship between energy dissipation rate
and (k;a)r; in three-phase fluidized beds.
dfmm): ©: 1.7, A: 3.0, v: 6.0, 1J; 80

ble size. The increase of volumetric mass transfer coef-
ficients with particle size has been reporied by pre-
vious investigators [2,15].

The effect of bed porosity on (k;a)x; in three-phase
fluidized beds is shown in Fig. 6. As can be seen,
(k,a}r; exhibited a maximum value at bed porosity
range of 0.55-0.65 {2]. Same trend has been observed
in the study of heat transfer in three-phase fluidized
beds [21-25].

The effect of energy dissipation rate on the volu-
metric mass transfer coefficient in three phase fluidi-
zed beds is shown in Fig. 7. As can be seeq, the volu-
metric mass transfer coefficient increases with an in-
crease in energy dissipation rate. Also, the volumetric
miass transfer coefficient increases with an increase in
particle size at a similar energy dissipation rate since
the bubble size decreases and gas phase holdup in-
creases with increasing particle size {7,13,20].

CORRELATIONS

The volumetric mass transfer cocfficient, (k a)y;, in
three-phase fluidized beds (dp = 1.7, 3.0, 6.0, 8.0 mm)
have been correlated with the Schmidt rumber and
particle Reynolds number which is related to the en-
ergy dissipation rate in the bed based on the local iso-

tropic turbulence theory.

k,a)rcd;
Shy=2lnede o p75c-0spege (9}
with a multiple correlation coefficient of 0.99.
In order to determine the effects of each experi-
mental variables on (k;a); the present experimen-

tal data have been correlated with the experimental
variables as:

tkpa)74=0.203U5"" [0. 3+36. 4U
—-2.02X 10U g {10

with a multiple correlation coefficient of 0.95. This cor-
relation covers the range of variables 0.04=U,<0.20
m/s, 0.03<U;=0.12 m/s and 1.7<<d,<8.0 mm.

CONCLUSIONS

In bubble columns and three-phase fluidized beds,
the volumetric mass transfer coefficient, (k;a)y, in the
grid zone increases with increasing gas velocity. How-
ever, the rale of increase in (k,a)y; decreases with
increasing gas velocity. The (k;a),; exhibits a maxi-
mum value with a liquid velocity or bed porosity. The
(k,a)y; increases with increasing particle size in three-
phase fluidized beds.

The mass transfer coefficient in terms of the Sher-
wood number is correlated in terms of the bubble Rey-
nolds number in bubble columns. In three-phase fluid-
ized beds, the volumetric mass transfer coefficients in
terms of the Sherwood number were correlated with
the Schmidt and particle Reynolds numbers which is
related to the energy dissipation rate in the beds based
on the isotropic turbulence theory.

NOMENCLATURE
a : gas/liquid interfacial area, [m™']
b ¢ sampling position fronm the distributor, [m]

concentration of the hquid, {mg//)
equilibrium concentration of the liquid, [mg/ /)
inlet concentration of the liquid, [mg//]

- diffusivity, [m?/s]

d, : bubble diameter. [m)

E;, : energy dissipation rate based on the fluidized
3

bed, [m”/s]
g gravitativnal acceleration, [m/s]
k, : liquid phase mass transfer coefficient, [m/s}

k;a : volumetric mass transfer coefficient,[1/s]
Re, : Reynolds number of liquid flow, E,d}/v’
Re, : particle Reynolds number. E;d}/v?

Sc ¢ Schmidt number, »/D

Sh,, : bubble Sherwood number, k,d,/D

Korean J. Ch. E. (Vol. 7, No. 1}
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. particle Sherwood number, kLaclf,/D
: superficial velocity, [m/s]
minimum fluidizing velocity, [m/s)
. distance, {m]

Greek Letters

™ M X R

constant

kinematic viscosity, [m?/s]
phase holdup, [-]

density, [kg/m®)

Subscripts

v ~u

: gas phase

. liquid phase
: solid phase
: grid zone
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